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Abstract— Mixed plastic waste pyrolysis oil (PPO) is a suitable feedstock for steam-cracking to recover monomers such as ethylene or
propylene to name a few. As part of a year-round project at the University of Liège, students have investigated the design and environmental
implications of an upgrading process required for PPO prior to steam-cracking. This process aims to mitigate risks of fouling in the cracker
mainly due to the presence of unsaturated compounds in the oil. On TotalEnergies’ suggestion, an adapted version of their patented
upgrading treatment is discussed on the basis of an Aspen Plus model. In this paper, the reader can find a comprehensive overview of the
thermodynamic model, reaction kinetics, and separation units employed in the process implementation. Besides, a discussion about the
way that heat integration was used to optimise the process by reducing energy requirements is presented. Additionally, a cost evaluation is
carried out to assess economic feasibility, followed by a life cycle analysis that evaluates potential environmental improvements. Overall,
this paper provides a detailed examination of the key factors influencing the efficiency, cost, and sustainability of the process. This report
concludes on the necessary further research of the project in a European industrial hub.
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1 INTRODUCTION

Although more than 29 million tonnes of plastic waste were
collected across Europe in 2019 [1], only a third of it was
treated in recycling facilities while the majority was either
landfilled or incinerated for energy recovery, contributing to
pollution along with littering [2]. It is believed that the pro-
motion of a proper circular logic would massively contribute
to our economy. In a trend report of the European plastics in-
dustry [3], a representative at SABIC declared that “there is
currently greater demand for recycled plastics than the sup-
ply available” and that scaling up will be crucial to instigate
real change. However, most of the waste is still downcycled
into materials with low-value or niche applications which
have been struggling to motivate manufacturers and investors
[4].

Upgrading of plastic waste encompasses various processes
among which one can identify four main pathways: primary
(closed-loop) and secondary (down-grading) mechanical re-
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Fig. 1: Process flowsheet

cycling, tertiary (chemical) recycling, and quaternary recy-
cling or energy recovery. Hopewell, Kosior and Dvorak
(2009) [5], state that: "recycling has been shown to save
more energy than that produced by energy recovery even
when including the energy used to collect, transport and re-
process the plastic”.

Despite the clear advantage of mechanical recycling
energy-wise over chemical recycling [6], it is not suited to the
large-scale recycling of any polymers. In this matter, chem-
ical recycling, and pyrolysis, propose a viable solution for
mixed plastic waste.

Pyrolysis consists in heating up plastic in the absence
of oxygen to break down its constituents into smaller
molecules, resulting in a plastic pyrolysis oil (PPO) and char.
This oil can either be diluted with fuel, or steam-cracked into
plastic monomers. Another product yielded by pyrolysis is
a hydrocarbon-rich gas that can be used in energy recovery
units [7]. The process is nonetheless hindered by the high
content in unsaturated compounds that are prone to cause
coking in the steam-cracker. Along with these, other metal
and nitrogenated impurities can poison the catalysts used in
the cracker whilst oxygenated and chlorinated compounds
are corrosive, and generally unwanted in the final, recycled
product.

To tackle these issues, the proposition of TotalEnergies’
R&D team is to adapt an existing process that has proved suc-
cessful for the catalytic hydrogenation of gasoline [8]. The
following article will shed more light onto the composition
of this oil and the specific issues of this process regarding the
pyrolysis oil of plastic waste particularly.

Incidentally, pyrolysis as in plastics-to-fuels recycling is
considered a mature technology as several operating start-
up-sized commercial plants were identified and have been
running for years [9, 10]. As far as plastics-to-plastics recy-
cling is concerned, “the only plant that has been in operation
at a commercial scale for over a decade is that operated by

Plastic Energy in Spain” [11] which is targeted at PE and PP
recycling exclusively [12]. The scope of the process at hand
is actually enlarged to poorly sorted municipal plastic waste.

In this article, chemical engineering students at the Uni-
versity of Liège study this proposal through simulation on
Aspen Plus with the help of an engineer at TotalEnergies’
R&D. Focus is cast upon the hydrotreatment step of the PPO
in order to provide a detailed analysis of its mechanism, op-
eration, and significance in the chemical recycling pathway.
The challenges that remain to be addressed are also discussed
to fully realise the potential of pyrolysis as a sustainable so-
lution for plastic waste management.

2 PROCESS

2.1 General description

As stated in the introduction, the pre-treatment of the PPO is
the core of the present study. Fig. 1 describes all the units
and required equipment in the form of a process flow diagram
(PFD) representing their connections with each other. This
process is designed to treat 10 t/h of PPO. The starting point
of the studied process is the patented pre-treatment unit from
TotalEnergies [8]. It consists in both cases in the selective hy-
drogenation of conjugated dienes, followed by the complete
hydrogenation of all unsaturated compounds, up to about
90% conversion, and hydrotreatment of impurities to almost
complete elimination in the form of light gaseous products
like ammonia, HCl, H2S and water that are stripped away in
flash tanks. All reactions are carried out continuously and
used catalyst. Both reactors operate at high temperature and
pressure conditions. Finally, a distillation column clears the
PPO from its heaviest fraction that would again become a li-
ability in the steam-cracker because these heavy products are
not vaporised, prone to coking compounds.

Starting at the inlet of the process (see Fig. 1), the ex-
tractible impurities of the oil are water-washed in a decanter
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unit. When it reaches the inlet of the first reactor (REACT1)
in the selective hydrogenation unit (SHU), it has been mixed
in with an excess of pure hydrogen that reacts once dissolved
in the oil. A first difference with the conventional hydrogena-
tion process is the absence of a recycling stream back into the
reactor because its goal was primarily to slow down the re-
action to restrain the exothermicity, but PPO does not release
as much heat as pygas does [13]. Secondly, there is no fur-
ther separation than the removal of gases before entering the
hydrotreatment unit (HDT). Originally, several strippers iso-
late lighter fractions of the oil up to n-hexane which is also
the smallest molecule reported in the PPO. However, gases
separation is maintained because the HDT operates at higher
pressure conditions and, generally, no gas phase is allowed in
a pump because it is very energy-inefficient to try and com-
press a gas.

A fresh input of pressurised hydrogen follows immedi-
ately. Then, two different catalyst beds (REACT2A, RE-
ACT2B), with different catalysts, are separated by an inter-
bed quench. It was chosen in this study to simply consider
this as a cooler unit, although the name “QUENCH” re-
mained. The first catalyst helps saturate the remaining unsat-
urated hydrocarbons whilst the second scraps the impurities.
This distinction between the two beds results in the presence
of a third reactor in the PFD. All reactions occur in the gas
phase and the hot output flow of the reactor is cooled down
once more. The liquid outlet of the subsequent flash tank is
fed to the distillation column where so-called “heavies” are
sorted out. The saturated oil (final product) then gets to be
steam-cracked but this is out of the scope of this article. The
gas outlet can be recycled because it contains an important
excess of hydrogen but, again, it was chosen to ignore this
feature.

More complete descriptions of separation units, reactors
and heat exchangers can be found in the corresponding sec-
tions. Information about their modelling and simulation are
provided and later analysed in the report as data for cost anal-
ysis and life cycle assessment.

2.2 Composition

One of the biggest challenges for the realisation of this
project turned out to be the modelling of the PPO based
on TotalEnergies information. In Aspen Plus, the chemi-
cal properties of all molecules are user-defined for the most
part. In that respect, all reaction mechanisms and kinet-
ics must be implemented directly (see section 2.4). On the
other hand, physical properties including the density, the vis-
cosity, the heat capacity, the boiling point, or the solubility
were predicted numerically through thermodynamic mod-
els (see section 2.3). The struggle to fit these properties
even remotely to the experimental data provided by Total-
Energies was strongly interfering with the simple objective
of representing the composition accurately. Because design
was mostly dependent on conversion, the composition-based
model was preferred and only the most important physical
properties to the design, such as the solubility of hydrogen in
the liquid oil and heat capacity, are discussed in this report.

The PPO was characterised through GC-MS and GCxGC
by TotalEnergies so that a variety of hydrocarbons could be
identified and quantified in the mixture. In decreasing or-

Conjugated diene
+H2

kd−−→
Mono-olefin

Non-conjugated diene
+H2

ko−−→
Mono-olefin

Mono-olefin
+H2

ko−−→
Paraffin

Fig. 2: Hydrocarbons hydrogenation

der of abundance, the model incorporates linear and ram-
ified paraffins (44.3%), singly unsaturated olefins and di-
enes (29.5%), naphthenes (15.8%), aromatics (10.3%) and
impurities. The main criterion for the selection of model
molecules was that all these fractions get the right propor-
tions of the total mass of PPO. Furthermore, all fractions
were further discriminated with respect to the chain length
of molecules. To this end, mass fractions of entire classes of
molecule sizes are lumped into one representative molecule
of average chain length. Significant quantities of molecules
were identified to have as many as 30 carbon atoms with a
minimum of 6 (n-hexane or benzene) so lumping was neces-
sary to reduce the size of the model to a reasonable number
of molecules. It must be noted that not all molecules are in-
volved in chemical reactions. Out of all the molecules listed
above, the only reactions considered in this model are the hy-
drogenation of diolefins into mono-olefins, and mono-olefins
into paraffins eventually. The number of insaturations as well
as the content in conjugated dienes was identified too, in such
a way that it was necessary to consider two kinds of diolefins:
conjugated and non-conjugated, the former being more reac-
tive than the others (see Fig. 2). This effect is documented
by several sources [8, 14].

Finally, the mixture is also contaminated with impurities
containing Cl, N, O and S. Out of all the molecules identified
by TotalEnergies, only the most frequent and/or detrimental
to the process (e.g. carboxylic acids) ended up in the model.
They are all collected in Fig. 3. The latter figure presents
all considered hydrogenation reactions for these impurities.
Main products of hydrogenation are hydrogen chloride, am-
monia, water and hydrogen sulphide. It was assumed that,
since these impurities only make up for a minor fraction of
the bulk, their other products—that will be referred to as by-
products from now on—do not matter and the most simple
solution is always considered. Lastly, chloride also exists
in the oil in equilibrium with its dissolved ions but as the
reader will find out later, it only enters the reactor in negligi-
ble amounts (see section 2.6.1).

2.3 Thermodynamic model

In order to simulate a pyrolysis oil hydrotreatment process, it
is necessary to select an appropriate thermodynamic model
that accurately represents the mixture of hydrocarbons and
hydrogen under the pressures range of the process[15], i.e.
from 1 to 50 bar. To select a model, experimental data of
liquid-vapour equilibrium curves for binary mixtures found
in Aspen data base are compared with thermodynamic model
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Fig. 3: Simple reactions of the impurities

simulations as shown in Fig. 4. In this figure, the mix-
ture is benzene-hexene and the models used are Benedict-
Webb-Rubin (BWR), Peng-Robinson (PR), Predictive Peng-
Robinson (PPR) and Soave-Redlich-Kwong (SRK). After
comparing several binary mixtures, it was determined that
the Peng-Robinson model produced the best results.

The Peng-Robinson model is a cubic equation of state that
is commonly used in the petroleum industry to model the
behaviour of complex hydrocarbon mixtures. It is known to
provide accurate results for a wide range of temperatures and
pressures, making it a suitable choice for the simulation of
the hydrotreatment process[16].

Fig. 4: Txy diagram of benzene/n-hexene at 1 bar

However, this model does not accurately represent the sol-
ubility of hydrogen in the liquid phase of the mixture, which
is an important property in hydrotreating processes.

To address this issue, the predictive version of the Peng-
Robinson (PPR) model was considered. Firstly, the model
reproduces the experimental data accurately, as shown in Fig.
4. Secondly, this model allows for the estimation of missing
binary interaction coefficients between hydrogen and hydro-
carbons using a group contribution method.

It is critical to validate that the predictive Peng-Robinson
model accurately models the hydrogen solubility in the plas-
tic pyrolysis oil, as the reactivity in the SHU reactor is gov-
erned by the concentration of hydrogen in the liquid phase
and thus its solubility. To compare the predictive Peng-
Robinson model with the classical one and determine the
more suitable model for modelling hydrogen solubility, As-
pen simulation results were compared to experimental data
for pure compounds and complex mixtures under conditions
close to the process.

For the hydrogen solubility in pure compounds, exper-
imental data for cyclohexane [17] and benzene [18] were
used. The measured hydrogen liquid molar fraction was
compared with the Aspen simulation results using both ther-
modynamic models. The comparison shows that both models
are relevant in the modelling of the hydrogen solubility, but
the predictive model is more reliable than the classical one.

For the complex mixtures, experimental data for gasoil
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[17] and pyrolysis gas [18] were used. For the gasoil study,
it was assumed that the composition of the mixture was suf-
ficiently similar to the composition of the gasoil to make a
relevant comparison. In the pyrolysis gas study, the exact
composition of the pygas was given, allowing for Aspen sim-
ulations with the exact same composition. The results indi-
cate that the predictive Peng-Robinson model is suitable for
modelling hydrogen solubility in pyrolysis oil, particularly in
the pressure conditions of the system as shown in Figure 5.
Additionally, the error made by the classical Peng-Robinson
model was found to be greater than the error made by the
predictive model.

In conclusion, it has been shown that the predictive Peng-
Robinson model accurately describes the interactions be-
tween the hydrocarbon molecules as well as the hydrogen
solubility in the pyrolysis oil. The model is a powerful
tool, especially when experimental data are lacking, which is
particularly common for heavy hydrocarbon fractions where
interaction coefficients are rare. Therefore, the predictive
Peng-Robinson model will be used for the hydrotreatment
process.

Fig. 5: Hydrogen solubility in pygas at 298K

2.4 Kinetics

The study of kinetics is essential to describe and design the
reactors. Due to missing information concerning the kinetic
constants and activation energies for the hydrogenation of di-
enes and olefins as well as for the hydrotreatment of impu-
rities, these values were tuned in order to reach the desired
conversion in a determined reactor volume. Both these infor-
mation were known from experimentation on the pilot unit.

In the SHU reactor, about 90% of dienes and 9% of mono-
olefins react. In the first bed of the HDT reactor the rest of
dienes as well as 95% of mono-olefins have to react, while
in the second bed of the HDT reactor, all impurities are hy-
drotreated. The catalyst volume discharged in each reactor is
approximately 15 m3 with a bed voidage of 0.6 [13]. More-
over, one has to recall that conjugated dienes are more reac-
tive than mono-olefins. Thus the activation energy for dienes
is lower than the one considered for the mono-olefins. The
rate laws for the hydrogenation of conjugated dienes (index

d) and mono-olefins (index o) are respectively

rd = kd ·CH2 ·Cd , (1)

ro = ko ·CH2 ·Co , (2)

with the reaction rate r expressed in kmol/(m3 s), concen-
trations C expressed in kmol/m3 and kinetic constants k ex-
pressed in m3/(kmols).

Due to the lack of information, it was assumed that all
impurities (index i) react according to the same rate law.

ri = ki ·Ci (3)

with the reaction rate r expressed in kmol/(m3 s), concentra-
tions C expressed in kmol/m3 and k expressed in s−1.

Finally, since the reactors are in adiabatic mode, the tem-
perature dependence of kinetic constants has to be consid-
ered. Thus, the kinetic constants are expressed according to
Arrhenius law:

k = Aexp
(
−Ea

RT

)
(4)

with A a pre-exponential factor, Ea the activation energy
[J/mol], R the ideal gas constant (= 8.314 J/(molK)) and T
the temperature [K].

The final values for the different kinetic constants used for
the reactor design are listed in Table 1.

TABLE 1: KINETIC CONSTANTS AND ACTIVATION ENERGIES

Parameter Value Units
Ad 1.01 m3/(kmol.s)
Ao 55 m3/(kmol.s)
Ai 70 1/s

Ead 25 kJ/mol
Eao 50 kJ/mol
Eai 50 kJ/mol

Another crucial aspect of the study was the investigation
of potential issues related to mass and heat transfers in the
extrudates used in the process. The analysis did not reveal
any notable issues concerning concentration or heat gradi-
ents in the extrudates employed in the hydrogenation process.
This normally indicates that the extrudates are well-designed
and functioning as intended. However, this analysis is linked
to the reaction kinetics used. As these have been tuned to
the empirical data already, they represent the apparent reac-
tion rates in the reactors so these results are to be taken with
hindsight. Typically, this analysis aims to assess the correc-
tion that must be made on documented reaction rates because
the temperature and concentration inside the pellet are not al-
ways those one could expect from the operating conditions.
The same methodology would serve to re-evaluate potential
gradients if reliable values for the kinetic constants were pro-
vided.

2.5 Reactor engineering

The reactors design was a focal point of the process mod-
elling since they were the pieces of equipment that mainly
modified the composition throughout the process.
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2.5.1 General considerations

Three different reactors are considered: the selective hydro-
genation unit (SHU), and a hydrotreatment reactor split into
two beds (HDT). In the SHU reactor, about 90% of dienes
and 9% of mono-olefins react. In the first bed of the HDT
reactor, the rest of dienes as well as about 95% of mono-
olefins have to react. In the second bed of the HDT reactor,
all molecules containing heteroatoms, namely nitrogen, oxy-
gen, chlorine and sulphur, are hydrotreated.

The SHU reactor was assumed to operate in a biphasic
medium while the reaction occurs in the liquid phase which
is consistent with an inlet temperature of 250°C. Both beds of
the HDT reactor were assumed to operate in gaseous phase.
The inlet temperature of these beds was thus fixed at 435°C
to fulfil this assumption. However, in reality that tempera-
ture is way too high, leading to an increased coke deposition.
Moreover, all reactors are considered as plug flow reactors
(PFR). Since adiabatic reactors are considered for the future
plant, only adiabatic reactors have been studied in this arti-
cle. The operating pressures in all reactors have been fixed to
46 bar and 31 bar respectively in the SHU and HDT reactors.
No pressure drop has been considered.

The reactor design was done in several steps going from
a Matlab implementation to an Aspen validation and simula-
tion.

2.5.2 Matlab implementation

The first step implied a Matlab implementation of the prob-
lem assuming an ideal behaviour. This modelling of the re-
actors was done following the Chemical Reaction Engineer-
ing Algorithm [19] composed of four steps. First, the mole
balances have to be written as differential equations since
concentration profiles exist throughout the reactor. Then, the
rate law determined in section 2.4 have to be considered.
Next, stoichiometry step is considered to allow computation
of concentrations and volumetric flowrates. Finally, heat ef-
fects are taken into account for the adiabatic reactors.

2.5.3 Aspen validation

Since the entire process is modelled on Aspen Plus, a reactor
validation step was crucial. This validation step aims to com-
pare the results obtained by Matlab and those obtained by
Aspen Plus for the ideal model. The validation is presented
only for the SHU reactor. It should be noted that when the
reactor validation was carried out, the final kinetics were still
unknown. Thus, the following volumes and conversion do
not reflect the reality.

The biggest difference between both software is the way
of computing the reactor volume. Since the SHU reactor
was assumed to operate in the liquid phase with a constant
concentration of hydrogen, Matlab computes only the vol-
ume of the reacting phase, that is the liquid phase. How-
ever, in Aspen Plus, the required reactor volume consid-
ers both phases, namely the reacting liquid phase and the
gaseous hydrogen. To take into account this difference, the
ideal gas law is considered to convert the entering volumet-
ric flowrate of gaseous hydrogen entering the reactor into an
additional reactor volume based on the residence time in the
reactor. On top of the additional reactor volume related to

the gaseous hydrogen, temperature effects on the reaction
enthalpies ∆Hr, heat capacities cP and volumetric flowrates
v̇ have to be considered. The temperature dependencies ob-
served in Aspen were encoded in the Matlab code to mimic
the behaviour observed during the Aspen simulations. In
Table 2 are depicted the obtained volumes, conversions and
temperatures.

TABLE 2: COMPARISON OF MATLAB AND ASPEN IN THE

ADIABATIC CASE

Matlab Aspen Relative
difference (%)

Volume (m3) 7.43 8.23 10.70
Mono-olefins

Conversion (%) 62.88 63.26 0.61

Dienes
Conversion (%) 89.92 90.00 0.08

Inlet
temperature (°C) 240 240 0

Outlet
temperature (°C) 289.2 285.8 -1.17

The difference in the computed volumes could be ex-
plained by the volumetric flowrate of gaseous hydrogen that
is not constant along the reactor, not only because of the dis-
solution towards the liquid phase but also because of the vari-
ation of temperature. Moreover, since in the Matlab code all
dienes flowrates and all olefins flowrates were lumped into
two different variables, an average enthalpy of reaction for
the hydrogenation of dienes and of olefins was computed and
does not potentially perfectly describe what’s happening dur-
ing the Aspen simulations.

Since the relative differences listed in Table 2 are accept-
able, both Aspen and Matlab software can be used inter-
changeably for an ideal model.

2.5.4 Final design

The three reactors have been modelled as cylindrical plug-
flow reactors of fixed diameter, equal to 1.5m for all of
them, a typical value for hydrotreatment reactors. The reac-
tor length has been varied in order to reach the desired con-
version in each reactor.

The adiabatic SHU reactor operates in liquid phase, at a
constant pressure of 46 bar and an inlet temperature 250°C.
With a reactor volume of 33.6 m3, the reached conver-
sions for dienes and mono-olefins are respectively 93.74 and
9.70%. The exiting temperature is 314°C.

The adiabatic HDT reactor operates in gaseous phase, at a
constant pressure of 31 bar and an inlet temperature 435°C
for both beds. In the first bed, with a reactor volume of 44.5
m3, the reached conversions for dienes and mono-olefins are
respectively 99.96 and 91.57%. In the second bed, all impuri-
ties, i.e. molecules containing heteroatoms, are hydrotreated.

Considering a bed voidage of 60% for all three reactors,
namely the SHU reactor and both beds of the HDT reactor.
respectively 13.4 m3, 17.8 m3 and 16.3 m3 of catalyst are
necessary which is close enough to the 15 m3 predicted by
TotalEnergies.

The obtained reactor characteristics and catalyst volumes
are depicted in table 3.
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TABLE 3: FINAL REACTOR DESIGN

SHU HDT
(bed 1)

HDT
(bed 2)

Dienes
Conversion (%) 93.74 99.96 0

mono-olefins
Conversion (%) 9.70 91.57 0

Impurities
Conversion (%) 0 0 99.58

Reactor
Volume (m3) 33.58 44.53 40.64

Catalyst
Volume (m3) 13.43 17.81 16.26

Pressure (bar) 46 31 31
Inlet

temperature (°C) 240 435 435

Outlet
temperature (°C) 314.6 466.7 443.4

2.6 Separation units

The following sections will describe the separation units of
the process, i.e. the decanter, the flashes, and the distillation
column.

2.6.1 Decanter

A handful of impurities identified in the PPO are water misci-
ble. For instance, the amount of chloride in the oil was deter-
mined from the fraction of chlorine left in the mix after water
washing. Other significant amounts of sulphur and oxygen,
and nitrogen to a lesser extent can be withdrawn from the oil
by performing a water-based liquid-liquid extraction (LLE).
A decanter unit allows the oil and water to settle into two
distinct phases, one of which is heated up and pressurised
to the inlet conditions of the first reactor whilst the other is
treated as a waste. This waste water contains the extracted
salts, soluble acids, and other water-miscible compounds of
the oil.

In Aspen Plus, the decanter block is set up using parti-
tion coefficients that describe the ratio of concentrations of
each and every impurity in both liquid phases (table 4). This
method was preferred over thermodynamic models because
the values returned by both NRTL and UNIQUAC models
did not match the documented partition coefficients—nor did
they validate one another. These models were used because,
out of all thermodynamic models available in Aspen Plus,
only these two feature the option to account for the pres-
ence of electrolytes in the solution (H+, Na+ and Cl– ). On
the other hand, the thermodynamic models were considered
trustworthy when it came to the sensitivity of the LLE to the
temperature and the composition of the oil. By this means,
almost null dependence on temperature was concluded over
a realistic freshwater temperature range (0 to 50 ◦C) whereas
the partition coefficient showed to fluctuate by a maximum
of 10% (relatively to the biggest value in the range) for mass
fractions of 2 to 10% in impurities at 20 ◦C. That is to say,
according to both thermodynamic models used with a ref-
erence ternary mixture of n-octanol/water plus all impurities
considered individually. As a matter of fact, the mass fraction
of the impurities in the model PPO adds up to about 2.5%.

TABLE 4: n-OCTANOL/WATER PARTITION COEFFICIENTS

AT 20 ◦C. SOURCES: Hazardous Substances Data Bank
(1), International Chemical Safety Cards (2) AND Human

Metabolome Database (3)

Molecule logKow Source

1,2-dichlorethane 1.48 1
Benzonitrile 1.56 1
Caprolactam -0.19 2

Pyridine 0.65 1
Phenol 1.46 1

Acetophenone 1.58 1
Acetone -0.24 1

Hexanoic acid 1.92 1
Acetic acid -0.17 1

2,5-dimethylfuran 2.24 3
Dimethyl disulfide 1.77 1
Dimethyl sulfoxide -1.35 1

TotalEnergies’ pilot unit also provided additional data for
chloride and water whose concentrations in the organic phase
were set to zero because negligible amounts were reported in
the oil past the LLE. It is also known that 1% of the mass
of PPO is lost overall to the waste water. Given the number
of molecules to take into account, the 1% loss is considered
a design of the model to tune the partition coefficients of all
other hydrocarbon compounds, which was assumed to be the
same whatever the molecule.

The Aspen simulation showed that feeding 3.3 m3/h of
clean water to the decanter washes out oxygen, nitrogen,
chlorine, and sulphur in fractions validated by the experi-
ment on the pilot unit. For these four elements, the biggest
relative error on the experimental abatement rates was a lit-
tle over 9%. Given the throughput at the inlet of the de-
canter, its dimensions are computed based on the residence
time which in turn is dependent on the fluids’ characteris-
tics [20]: the vessel is cylindrical with 1.25 m in diameter ,
6.25 m in length which corresponds to a volume of 7.66 m3.
Note that, eventually, the mass of PPO lost to wastewater
was indeed 1% as opposed to the 0.8% simulated from the
n-octanol/water partition coefficient of n-undecane, the most
abundant molecule in the mixture (Hazardous substances
Data Bank, logKow = 5.74). Favours were nonetheless given
to the pilot results since the design of the following units was
always referring to 99% of the 10 t/h feed.

2.6.2 Flash tanks

Two flash tanks are considered in the process. The first one,
i.e. the FLASH1 unit, is placed right after the SHU reactor
and the second one, i.e. the FLASH2 unit, is placed after
the second bed of the HDT reactor, see Fig. 1. They are
considered as isothermal and isobaric.

The effluent exiting the first reactor, i.e. the SHU reactor,
consists of hydrogen and a mixture of hydrocarbons. The
FLASH1 unit aims to eliminate in the vapour phase at least
90% of the hydrogen entering the flash and less than 5% of

7



the hydrocarbons entering the unit [13]. In a first approach,
to reduce the capital costs, it was decided to work at the exit-
ing temperature of the hot stream of the HTX1 unit. To avoid
cavitation in the pump that follows the FLASH1 unit, the
pressure must remain as high as possible. Thus, the operat-
ing conditions for the FLASH1 unit were determined by car-
rying out a sensitivity analysis in which the flash temperature
is kept constant during the analysis, and equal to 201°C, and
the pressure of the flash is varied between 1 and 40 bar. The
ratio between the mass flowrate of all hydrocarbons leaving
in the vapour phase and the mass flowrate of all hydrocar-
bons entering the flash is studied. The same ratio is observed
for hydrogen. From this sensitivity analysis, it comes out that
the FLASH1 unit must work at 201°C and 14 bar, with an ap-
proximate volume of 4 m3 in order to respect the elimination
criterion.

In the HDT reactor, an excess of hydrogen is injected. At
least 90% of this excess will be eliminated in the FLASH2
unit. Moreover, the hydrotreatment of impurities in the HDT
reactor leads to the production of ammonia NH3, hydrogen
sulphide H2S and hydrochloric acid HCl. At least 90% of
these components have to be removed in the vapour phase.
Moreover, the operating conditions of this second flash tank
must be determined such as to meet the elimination criterion
previously mentioned as well as inducing a maximal loss of
hydrocarbons of 7% of the hydrocarbons entering the unit.
The operating conditions were determined once by carrying
out the same type of sensitivity analysis as for the FLASH1
unit except that temperature has been varied to meet all cri-
teria. From that sensitivity analysis, it comes out that the
FLASH2 unit must work at 110°C and 21 bar. The flash vol-
ume is about 21 m3.

2.6.3 Distillation column

The final separation step of the process involves a distilla-
tion column to remove compounds with a boiling point above
380°C that could potentially clog the downstream steam
cracker. Specifically, the distillation column task is to re-
move 99% of such compounds from the feed mixture prior
to sending it to the steam cracker [13].
To simulate the operation of the distillation column in As-
pen, the DSTWU model, based on the Winn-Underwood-
Gilliland shortcut method, was employed. This model pro-
vides important information, including the minimum reflux
ratio, the minimum number of theoretical stages required, the
work required by both the condenser and reboiler as well as
the composition of the output streams.
To ensure the reliability of results, the Aspen simulations
were cross-checked by constructing McCabe-Thiele dia-
grams. To best represent the complete mixture, it was chosen
to consider a binary mixture of C22 aromatics (boiling tem-
perature = 378°C) and C24 paraffins (boiling temperature =
391°C) . The column’s purity specifications were defined as
recovering 99% of the lightest key compound (C22 aromat-
ics) and only 1% of the heaviest key compound (C24 paraf-
fins) in the distillate. Both the Aspen model and McCabe-
Thiele diagrams produced similar results, allowing to pro-
ceed with the Aspen model to design the column as shown
in Table 5. During the implementation process, a partial con-
denser was used, as a total condenser would require signifi-

cant cooling due to the presence of gases such as ethane and
hydrogen in the feed stream of the column, making it impos-
sible to reach the boiling point of the mixture at atmospheric
pressure.
To specify the optimal fraction of steam in the distillate re-
lated to the partial condenser on Aspen, a sensitivity analysis
was performed. As a result, the optimal vapour fraction in
the distillate, minimising operating costs, was 0.9.
Ultimately, the simulations on Aspen yielded an optimal
number of theoretical stages of 75 and a reflux ratio of 0.54,
with the inlet temperature of the mixture into the column set
to 109.1°C, and operating at atmospheric pressure to avoid
considering pressure losses. Further information on the mini-
mum reflux ratio, the minimum number of theoretical stages,
the composition of the output streams, as well as the duties
of the condenser and reboiler in kW can be found in Table 5.
TABLE 5: MAIN CHARACTERISTICS OF THE OPTIMAL DESIGN

OF THE DISTILLATION COLUMN ON ASPEN

Minimum reflux ratio 0.38
Actual reflux ratio 0.54

Minimum number of stages 38
Number of actual stages 75

Feed stage 38
Number of actual stages above feed 37

Reboiler heating required (kW) 1 548.73
Condenser cooling required (kW) 1 448.58

Distillate temperature 257.25
Bottom temperature 388.40

Distillate to feed fraction 0.97

2.7 Heat exchanger design

The design of a counter-current shell & tube heat exchanger
is also considered. As can be seen in Fig. 1, the HTX1 ex-
changer was placed upstream of the reactor as its purpose is
to recover heat from the reactor outflow. The hot stream is
introduced into the exchanger on the tube-side while the cold
stream is inserted on the shell-side due to the viscosity of
each stream.

Fig. 6: Heat exchanger characteristics

The methodology that has been used in order to achieve
the design of the exchanger is described in the following.
First of all, a so-called preliminary design was carried out
in accordance with the TEMA Tables [21]. These tables in-
clude all existing and feasible combinations of variables like
the number of tubes in function of the shell diameter and so
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on. This design will then serve as a first approximation for
the following steps.
Then, a rating was carried out in Aspen software and through
EES (Engineering Equation Solver) to ensure that the pre-
liminary design matches or not the desired output values. As
both software packages take into account pressure drops and
calculate the real overall heat transfer coefficient, it is ex-
pected that the results obtained are different from the output
of the preliminary design. As a result, various variables such
as shell diameter, number of passes, external and internal di-
ameter of the tubes had to be modified and then underwent
the rating again.
Finally, once the values derived from the rating were com-
patible with the desired output values such as the heat duty
or the pressure drop, the design was validated to carry out
further evaluations such as cost assessment for example.

The final design is summarised in Fig. 6, Table 6, Table 7
where Q̇ corresponds to the heat duty, U to the heat transfer
coefficient, A to the heat exchanger area, ∆Ps to the pressure
drop in the shell-side and ∆Pt in the tube-side. Do,t , Di,t and
Ds are respectively the outer diameter of the tubes, the inner
diameter of the tubes and the inner diameter of the shell. Ls is
the shell length, np is the number of pass, pt is the tube pitch
and Pitch is the tube layout. Moreover, the cross-section with
the number of tubes can be found in Fig. 6.

TABLE 6: RESULTS OF THE FINAL DESIGN

Q̇
(kW)

U
(W/m2 K)

A
(m2)

∆Ps
(bar)

∆Pt
(bar)

966 158.45 38.01 0.015 0.043

TABLE 7: RESULTS OF THE FINAL DESIGN - CONTINUED

Do,t
(mm)

Di,t
(mm)

Ds
(mm)

Ls
(mm)

np
(-)

pt
(mm) Pitch

31.75 27.53 488.95 5000 1 39.68 Square

2.8 Heat integration

In order to optimise the energy consumption, the heat inte-
gration of the process was performed. This method allows a
recovery of the heat available in the streams of the process
and a minimum need of additional heating or cooling duty.
The pinch analysis followed by the heat exchanger network
design were performed like presented in the course given by
Pr. G. Léonard [22]. The QUENCH unit seen in Fig. 1 is not
considered in this integration as it is actually a recirculation
of a cold stream of the process.

2.8.1 Pinch analysis

To determine the pinch point, an inventory of the cold and
hot streams has to be done. In this process, two hot and three
cold streams are identified. In practice, the outlet streams of
the reactors (streams 8 and 21 in Fig. 1) have to be cooled
before entering the separation units while the inlet streams of
the reactor (streams 6 and 16) and the hydrogen introduced
before the second reactor have to be heated. In addition to
the previously mentioned streams, the reboiler and the con-

denser of the distillation column are also considered in the
heat integration by assuming an additional cold stream pass-
ing through the column reboiler and an additional hot stream
passing through the column condenser. The minimum tem-
perature difference ∆Tmin, used to shift temperatures, was set
to 20°C.

To determine graphically the pinch temperature, the Grand
Composite Curve (GCC), depicted in Fig. 7, is drawn us-
ing the enthalpy of the streams and the temperature differ-
ences. It provides the position of the pinch temperature as
well as the maximum additional heating and cooling duties to
bring into the process. The pinch point is found at 304.63°C.
Above the pinch, only heating utilities are allowed with a
total duty of 1755.67 kW while below the pinch, only cold
utilities are allowed with a duty of 96.87 kW.

Fig. 7: Grand Composite Curve

2.8.2 Heat exchanger network design

With the information found with the pinch analysis, the heat
exchanger network can be designed. The final design is por-
trayed in Fig. 8. To optimise the energy recovery between
streams, some streams had to be split and reconnected after
getting to the right temperature. In this design, 7 heat ex-
changers are used between hot and cold streams. Two heaters
and four coolers, which are actually heat exchangers used
with cold water, are added to the process in replacement of
the heating and cooling equipment used in the original PFD
shown in 1. The major heat transfers of the network hap-
pens between the inlet of the first reactor and the outlet of
the second reactor, as well as between the outlet of the first
reactor and the inlet of the second reactor. A simplified pro-
cess flow diagram resulting of the heat integration is shown
in Fig. 9. The application to the optimised network induces
some improvement energy-wise. The duty required to bring
to the process goes from 4842 kW to 1755.67 kW. As prices
of energy can fluctuate, it is important to optimise the pro-
cess with a heat integration to limit the cost related to energy
consumption.

3 COST EVALUATION

Once all the technical aspects have been discussed, it is im-
portant to consider the costs associated with the studied pro-
cess. For this purpose, Turton’s book [23] as well as several
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Fig. 8: Heat exchanger network

Fig. 9: Simplified flow diagram after heat integration

course slides given by Pr. G. Léonard [24] have been used.
This cost analysis is divided into two main steps. First, the
capital expenditure (CAPEX) and the operating expenditure
(OPEX) are evaluated. Then, a cash flow diagram (CFD) and
a break-even cost analysis are carried out to discuss.

3.1 CAPEX

The CAPEX calculation procedure can be summarised in 4
steps. First, the bare modulus cost CBM is calculated for each
piece of equipment following Turton’s book [23]. This cost
takes into account exclusively the type and the size parameter
of each considered equipment. Secondly, the operating pres-
sure of the equipment as well as the material of the equip-
ment is taken into account. The pressures can be found in
the sections related to each equipment and the material cho-
sen is stainless steel. In fact, the treated mixture contains
HCl, NH4Cl and carboxylic acid which are too corrosive for
carbon steel. Thirdly, since the reference book is based on
the Chemical Engineering Plant Cost Index (CEPCI) of 2001
equal to 397, it is necessary to update the costs with the latest
known index, i.e. January 2023 index of 802.6 [25] as shown
in Pr. G. Léonard course [24]. Finally, once the sum of all
the costs has been determined, additional costs such as the
construction of buildings, warehouses, laboratories and the
transport of equipment are taken into account, following the
method in [24]. The total cost is converted into euros with
the exchange rate of 1.113$ for 1C [26]. All this gives an

Fig. 10: CAPEX distribution

estimated CAPEX of 11.288 MC. Fig. 10 depicts the break-
down of CAPEX.

3.2 OPEX

To obtain the OPEX, an assumption of 8000h/year opera-
tion of the plant was made. Indeed, although the plant op-
erates as much as possible, it must be regularly maintained.
For example, the reactor catalysts must be changed every 3
months and the plant takes 1 week to return to steady-state
[13]. OPEX is mainly a function of 5 variables: the cost of
raw materials CRM , the cost of waste treatment CWT , the cost
of utilities CUT , the cost of operating labour COL and addi-
tional costs. The raw material cost corresponds to the cost
of oil and hydrogen purchase. The price of the oil has been
set to 800C/t. This value is based on the current price of
pyrolysis oil supplied by TotalEnergies [13], but also on the
fact that in the future, this price is susceptible to decrease
by 10% up to 20% due to the increased recycling of plas-
tics. For hydrogen, based on TotalEnergies price [13], its
cost was established at 1500C/t. The quantities of raw ma-
terials consumed are respectively 10 t/h for oil and 0.381 t/h
for hydrogen. The cost of waste treatment is only due to the
cost of water treatment in the LLE (see LLE section 2.6.1).
This unit consumes 3.3 m3/h of water and the cost associated
with this water treatment is of 106.84 C/m3 [24] because a
so-called tertiary treatment must be applied to remove impu-
rities and hydrocarbons. This previous cost is updated with
the CEPCI index as it dates back from 2001 in the reference.
Concerning the cost of treating the waste generated by the
process, i.e. the unwanted outflows from the flashs and the
column, they do not generate costs nor profits. Indeed, their
purification for reuse and/or resale means that no costs are
associated with their treatment. The cost of utilities is re-
lated to the cost of electricity and the cost of water. Due
to the heat integration and the power of the pumps, the an-
nual electricity requirement is obtained and is worth 14.35
GWh. Taking a price of 0.15 C/kWh [27], the electricity
cost is found. The total water flowrate is obtained summing
the flowrate consumption of the LLE, 3300 kg/h, as well as
the flowrate of cooling water in the coolers 5555 kg/h. The
latest value is obtained with a cooling duty Q of 96.87 kWh,
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Fig. 11: OPEX distribution

see section 2.8.1, and a ∆T = 15°C. Multiplying this flowrate
by a water price of 0.0018 C/kg [28], allows one to find the
cost of water. The cost of operating labour is equal to 991
824 C/year, assuming 14 operators and an average wage of
70 824 C/year [29]. Finally, the additional costs correspond
to the maintenance, the operating cost of the research labo-
ratory or the losses for example. These costs are calculated
using a weighting of CRM , CWT , CUT , COL and the annualised
CAPEX as specified in [24]. The CAPEX is annualised tak-
ing into account a 10 year life for the project and an interest
rate of 8%. With all that, the OPEX is estimated at 93.796
MC each year. The results and the distribution of costs are
available in Fig. 11. As one can see, the major part of the
OPEX, nearly 75%, consists of the raw materials cost.

3.3 Cash flow diagram

In order to determine the profitability of the project, a cash
flow diagram (CFD), based on a discounted profitability
analysis, is drawn. To do this, the method described in de-
tail by Pr. G. Léonard was followed [24]. Here are the main
hypotheses to keep in mind. The construction period of the
plant was set at 2 years and the operating period at 10 years.
The price of the land was evaluated on the basis of a surface
of 250 m2 located in Antwerp at 5000 C/m2. The choice of
location is discussed in the section 4. In the first year of con-
struction, only 60% of the total CAPEX, also called FCIland ,
is considered and then 40% in the second year. The work-
ing capital WC, added in year 2, is calculated by adding the
cost of raw materials CRM and the price of catalysts. The
latter is obtained from the volume of catalysts required in
the reactors, i.e. 47.5 m3, multiplied by the density, be-
tween 500 kg/m3 and 900 kg/m3 depending on the reactor,
and by the estimated price per kilogram of catalyst, i.e. 6
C/kg [13]. The depreciation was calculated following the
MACRS convention. The revenue is calculated on the basis
of a sales price of 1400C/t. Although the current selling price
is around 800C/t [30], it is reasonable to think that a premium
of around 500-600 C/t will be added to this amount in light
of what already exists in the Netherlands with bio-fuels [31].
This gives an annual income of 97.286 MC, as the plant pro-
duces 8.6863 t/h of recoverable product. The company’s tax

rate is 25% [32] as the plant is located in Antwerp. The sal-
vage value S is zero. The inflation adjusted interest rate i’
is given by the subtraction between the interest rate and the
inflation, fixed at 2% [24]. For different interest rate scenar-
ios, the CFD curves have been plotted. This can be seen in
Fig.12. The NPV acronym means Net Present Value.

Fig. 12: Cash Flow Diagram

This sensitivity study makes it possible to determine the
maximum interest rate, called discounted cash flow rate of
return (DCFROR), with which an investor can be repaid
through the project, i.e. when the net present value NPV is
equal to zero. Looking at Fig. 12, one can see that this rate
is 7.57%. Given the risk of investing in such a project, if a
bank’s interest rate is lower than 5%, the process studied in
this article, with the conditions and hypothesis described, is
more profitable.

3.4 Break-even curve and discussion

It is now interesting to discuss the situation in which the pur-
chase prices of raw materials and the sale prices of products
vary. Indeed, OPEX is by far the most important part of the
total annual cost, as can be seen in Fig.13, and raw materials
are the most important part of OPEX, see Fig.11.

Fig. 13: Annual costs distribution

It is therefore interesting to form what is called the break-
even curve. This is a curve whose points are formed by find-
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ing the combination between the different values of the pur-
chase and sale prices that make the process arrive at an NPV
of zero at the end of the project. Above this curve, a profit
is generated, below it, the process is in deficit. These curves
have been plotted for different values of interest rates. The
interest rate is used in the calculation of the annualised cost
of the CAPEX and in the calculation of the Discounted Prof-
itability. This gives Fig.14.

For the same purchase price, the selling price must there-
fore increase if the interest rate promised to investors in-
creases. In the situation used to analyse the previous point,
i.e. a sale price of 1400 C/t, a purchase price of 800 C/t and
an interest rate of 8%, the process is profitable. This means
that without the premium or the price reduction due to in-
creasing availability of the raw material, the process is not
profitable in the current state of affairs. However, there is a
strong possibility that legislation will be introduced requir-
ing a percentage of plastics produced from recycled plastics.
Therefore, it would still be worth building the plant, even if
it is loss-making.

Fig. 14: Break-even curves

4 LIFE CYCLE ASSESSMENT

Plastic waste pollution is a global environmental issue that
has been gaining increasing attention in recent years. Plas-
tic is a synthetic material which, in most cases, is non-
biodegradable and can persist in the environment for hun-
dreds of years.

Plastic waste in the environment can cause harm to aquatic
life and wildlife, affect development of vegetation and im-
pact human health. Moreover, the disposal of plastic waste
can contribute to air pollution, with the burning of plastic
releasing toxic chemicals and greenhouse gases into the at-
mosphere.

Recycling techniques are being developed to tackle this
problem. However, in order for plastic recycling to be ef-
fective and worthwhile, it must also be ensured that it is not
associated with another form of disguised pollution and sig-
nificant consumption of energy resources. It is therefore nec-
essary to evaluate the energy consumption and emissions as-
sociated with the process. This can be done by performing a

Life Cycle Assessment (LCA), a methodology used to evalu-
ate the environmental impact of a process throughout its en-
tire life cycle, from the extraction of raw materials, through
production, use, and disposal or recycling. Of course, the
LCA is realised by considering the process with the heat in-
tegration.

4.1 Goal and scope

The aim of the process is the pre-treatment of 80 000 tonnes
of plastic pyrolysis oil per year. Then, the functional unit,
used to establish a clear and consistent basis for comparing
the environmental impacts of different products or processes,
was defined as one tonne of processed pyrolysis plastic oil.

The process is destined to be installed in the industrial
zone of TotalEnergies in Antwerp. This location seems op-
timal given that the steam-crackers are located on this same
site. Besides, as the pre-treated PPO leaves the distillation
column in vapour phase, the proximity of the steam-cracker
is particularly beneficial to avoid the additional costs linked
to the compression of this vapour stream which would have
been necessary for transport over a greater distance.

The raw material, the non-treated pyrolysis oil, is trans-
ported by tank trucks from the TotalEnergies refinery located
in Grandpuits-Bailly-Carrois, in the agglomeration of Paris
(FR), to the industrial centre of Antwerp, which corresponds
to a total distance of about 400 km.

4.2 Life Cycle Inventory

In this step, the inputs and outputs of the system have been
evaluated, including duties of heaters and coolers with water
flowrates needed for cooling, as well as waste streams and
emissions generated throughout the life cycle. All these data
have been implemented in the SIMAPRO software and are
gathered in Tables 8, 9 and 10.

TABLE 8: INPUT DATA INVENTORY

Input Aspen values Functional unit
(kg/h) (t/t-PPO)

Pyrolysis oil with impurities 10 390.54 1.0395
Hydrogen 59.07 0.0059

Water 8 889.105 0.889

TABLE 9: OUTPUT DATA INVENTORY

Output FLASH1 &
FLASH2 Distillate Residue

Aspen
values
(kg/h)

1 050.9 8671.9 543.17

Oil Functional
unit

(t/t-PPO)
0.1509 0.87 0.054

Aspen
values
(kg/h)

12.67 0.64 1.43.E-12

Impurities Functional
unit

(t/t-PPO)
0.0013 6.44.E-5 1.43.E-16

Aspen values
(kg/h) 11.78 3.23 1.22.E-12

By-products Functional unit
(t/t-PPO) 0.0012 0.0003 1.23.E-16
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TABLE 10: POWER DATA INVENTORY

Required
Duty

Required Power
(kJ/s)

Required Power
relative to one
functional unit

(kJ/t-PPO)
PUMP 1 38.29 13 924.51
PUMP 2 16.00 5 818.33
Heater 1 205.68 74 791.84
Cooler 1 9.11 3 313.32
Cooler 2 64.08 23 303.44
Cooler 3 18.88 6 867.00

Reboiler of the
distillation column 1 548.73 563 174.55

Condenser of the
distillation column 1 448.58 526 756.36

As can be seen in Table 8, the PPO with its impurities,
as well as the hydrogen needed for hydrogenation reactions
and the water required for the LLE unit, for the coolers and
for the condenser of the column constitute the main input
streams of the process.

As far as the process outputs are concerned (see Table 9), it
is necessary to consider separately the vapour streams from
the flash units, the distillate of the distillation column, and
the latter’s residue. Indeed, these three different streams are
not treated in the same way.

Actually, it has been stated that flash units make it possible
to separate the hydrogen from the mixture supplied to them.
In Section 2.6.2, it was elucidated that certain hydrocarbons
along with by-products like ammonia NH3, hydrogen chlo-
ride HCl, and hydrogen sulfide H2S are also separated from
the mixture.

Within the framework of the LCA, it was decided to con-
sider that 100% of the hydrogen separated in the flash tanks
is recycled in the process. In fact, it would have been mean-
ingless to consider that the hydrogen, which is an important
reagent of the process, is just rejected and not reused.

Nevertheless, it was assumed that the hydrogen separated
by the flash was directly returned to the process but actually
no additional separation unit was taken into account whereas
the gas output of the flash tank is not pure hydrogen. Thus,
in a further analysis, it would be necessary to find informa-
tion on the units that would allow the separation of hydrogen
from impurities and other hydrocarbons and by-products of
the process and to quantify the exact recycled fraction that
could be obtained.

Then, still considering the flashes, it is important to point
out that hydrocarbons, impurities, as well as by-products
were considered as just discharged with no information on
the downstream units that could potentially receive these
compounds. This hypothesis is strong insofar as ways of
valuing these components could be envisaged, at least for
hydrocarbons. However, by gathering the quantity of hydro-
carbons lost at the exit of the two flashes, it appears that ap-
proximately 700 kg/h of hydrocarbons are thus rejected in
total after the passage of the mixture through the two flashes.
This represents only about 7% of the input stream of the
process, which does not seem to be a significant loss but it
would be potentially interesting to consider recycling and as-
sess whether it is economically interesting or not.

Regarding the distillation column output streams, in Table
9, it is important to remember that the distillate is the feed
stream for the steam-cracker. Concerning the residue, since it
contains 99.8% by mass of tetracosane (C24 paraffin), it was
considered that it could be burned in order to cover the heat
requirements of the process through heat exchangers (see Ta-
ble 10), plus a valuable excess. This assumption was made
because it was necessary to find a heat source for the process
and given the temperatures required by the process, steam
would not be suitable. In further analysis, this assumption
should be studied in more details to quantify the benefit of
the use of this energy.

4.3 Impact Assessment and interpretation

The impact assessment method used on SIMAPRO to repre-
sent the environmental impact related to the treatment of one
ton of pyrolysis oil is the the CML-IA (Cumulative Energy
Demand). This method contains different environmental im-
pact categories for the life cycle analysis [33]. Then, Fig.15
and Fig.16 could be generated using this method.

Fig. 15: LCA results

In Fig.15 one can see that hydrogen and transport are
predominant factors whatever the impact category consid-
ered. On the one hand, hydrogen is overwhelmingly present
as it is the only needed reactant in the process, and non-
interchangeable. On the other hand, the transport is done
over a long distance (more or less 400 km) and that is why it
is so impactful on all categories. As mentioned previously,
raw materials are transported by trucks and calculation was
based on EURO5 trucks. Actually, the use of new EURO6
trucks could reduce the impact of the transport as they are
more environmentally friendly in accordance with the stricter
legislation. Another way to reduce the amount of emissions
would be to consider transport on a barge, as Antwerp has
the possibility to accommodate them but there exists—at the
time this article is being written—no fluvial route from Paris
to Antwerp.

Another important observation concerns electricity that
has a very small influence on the different categories. The
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electricity comes from the Belgian grid and was considered
low-voltage because it simply costs less overall and requires
less complex implementation.

Finally, 60% of the impact on global warming of the unit
is due to the combustion of the residues from the column.
This is because all the CO2 generated during the combustion
of the distillation column residue is released in the environ-
ment. This could be improved by considering CO2 capture
and storage techniques for example or by finding other ways
to valorize the residue . Besides, TotalEnergies has already
invested in this latter technologies.

Fig. 16: Comparison between pyrolysis oil and naphtha oil

The comparison between the PPO and a naphtha cut al-
ready implemented in SIMAPRO is shown in Fig. 16 in or-
der to check if it is interesting to implement the recycling
process.

The two most important impact categories for the recy-
cling process are abiotic depletion and global warming po-
tential. One accounts for almost 50% and the other for 40%.
Even if the overall impact categories are much lower for
the recycling process, this seems very unsettling and it must
be reminded that multiple optimistic assumptions have been
made.

Indeed, as explained in previous section the hydrogen con-
tained in the flash output streams was assumed to be 100%
recycled. Furthermore, the water at the end of the process is
sent to a treatment unit but there is no information about this
treatment unit and how the water is treated. More accurate
model could constitute an opportunity for improvement.

4.4 Remarks

It is important to note that these LCA results should be inter-
preted with caution due to hypotheses made during the anal-
ysis and that input consumption may have been neglected. In
this study, an assumption was made that crude oil is free. In-
deed, the environmental impact of the LCA is not considered
but it is important to highlight that it is not the case in reality.
The environmental impact should be considered when pre-
treating PPO but no information is provided on the process

that produced this oil. The electricity used in the calculations
comes from the low voltage network. In further analysis, it
would be interesting to identify the impact of the source of
electricity in the LCA.

5 CONCLUSION

Using the predictive Peng-Robinson model, the hydrotreat-
ment of PPO has successfully been simulated on Aspen Plus
software, from the composition modelling to the reactor de-
sign and separation units. Once preliminary designs were
obtained, further improvements have been investigated based
on sensitivity analysis on different units. Moreover, a heat
integration has been considered to reduce the costs associ-
ated with heating and cooling as well as the environmental
impact of the process by reducing the input of additional en-
ergy in the process. After the determination of the optimised
flowsheet has been determined, the cost evaluation could be
carried out, quantifying the capital expenditure as well as the
operating expenditures. This cost analysis allowed to deter-
mine which are the key cost. Lastly, since the environmental
aspect is a also a key point, a Life Cycle Assessment was car-
ried out to quantify the environmental impacts of the studied
process and thus prevent green-washing. Different aspects
have been taken into account, from the hydrocarbons waste
to the energy consumption, including the environmental cost
of transporting raw materials.

Some perspectives can also be stated on different techni-
cal aspects. The biggest problem of the process modelling
concerns the lack of kinetic data. Further investigations are
needed to refine the reactors’ design and thus obtain a more
accurate modelling of the process. Moreover, the HDT re-
actor modelling needs to be corrected to better describe real-
ity. In fact, due to the oversimplifying assumption about the
mixture phase, considering that both beds of the HDT reac-
tor operate in vapour phase, the inlet temperature considered
for the reactor design is way too high, potentially leading to
coking. Furthermore, catalyst ageing have not be taken into
account. Concerning the mixture composition, some solid
impurities have not been taken into account, such as silica
and iron.

Unfortunately, for now, the hydrotreatment of plastic
waste pyrolysis oil is considered as in deficit. However, if
the selling price of the plastic waste decreases as expected or
if the premium granted for such a process increases, a ben-
efit could be expected. Moreover, legislations about plastics
recycling are expected. Thus, even if the process is not prof-
itable, investing in this kind of technology could be a good
solution to meet legislation expectations. In addition, the
"pressure" induced by competitors on this type of research
constitutes a driving force for this process development.

Moreover, the environmental impact of the studied pro-
cess, quantified through a life cycle assessment, could be im-
proved by modifying several assumptions. The hydrocarbon
waste, i.e. the residue at the bottom of the column, could be
burnt to recover energy that could be used to heat the consid-
ered heaters or valorize in other units. Moreover, the differ-
ent impurities removed in the flash tanks could be recovered
and sold instead of treating them as waste. Finally, a minimi-
sation the environmental impact related to the PPO transport
could be imagined by installing a pyrolysis unit in Antwerp
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instead of transporting PPO from Grandpuits.
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